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ABSTRACT

Although investigations in the field of stirred liquid/liquid dispersions have a long history, new questions
are still emerging in dealing with the different aspects of industrial applications, such as suspension
polymerizations. In this study the influence of physical parameters on drop size and power consumption,
like liquid level, stirrer speed, stirrer height and baffle length, were experimentally analyzed. The results
were used to determine modeling approaches which are capable of displaying the influence of the named
parameters. It was shown that the energy law (d, ~ ¢%4; Shinnar, 1961 [1]) using the average energy
dissipation only roughly predicts the Sauter mean diameter. The population balance equation (PBE) used
with a one-zone modeling approach is slightly better in its prediction of results. Very satisfying predic-
tions were obtained by using the PBE with a two-zone model. The overall deviations between calculated
and predicted Sauter mean diameter was less than 10% using this approach. Only the successful pre-
diction of the influence of the baffle length remained unattainable, even with the PBE two-zone model.

© 2010 Elsevier B.V. All rights reserved.

1. Introduction

Suspension polymerization is commonly used in the chemical
industry for producing a wide variety of commercially impor-
tant polymers, e.g. polystyrene, poly methylacrylate or poly vinyl
chloride. In the initial phase of this polymerization the insolu-
ble monomer is dispersed in an aqueous phase which contains a
protective colloid or an inorganic suspension additive. This pro-
duces small liquid drops of monomer with a size range 1 wm to
3 mm. The drop size distribution (DSD) in this initial phase generally
determines the final particle size distribution after the exothermic
polymerization [2]. To control this distribution, a deeper under-
standing of the influencing parameters and an accurate prediction
of the initial DSD is of major importance. Due to the economy of
scale, reactor sizes are increasing. Only accurate models facilitate a
precise scale-up for the reactor growth by increasing filling level.

In this study, an example production process of PVC is exam-
ined, with final mean diameters of solid particles ranging from 50
to 500 wm. PVC is one of the most important chemical products
according torevenue. For example, the German PVCindustry gener-

Abbreviations: CFD, computational fluid dynamics; DSD, drop size distribution;
PBE, population balance equation; PVA, poly vinyl alcohol; PVC, poly vinyl chloride;
RCI, retreat curve impeller.
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ates sales of 20 billion € per year. Eighty percent of PVC is produced
by suspension polymerization worldwide. Growing markets and
growing economies lead to higher PVC production rates. To achieve
this more efficiently, newly built production reactors are increas-
ing in height, while the diameter is fixed due to limits of space and
issues of transportation. As a consequence, the ratio of liquid level
height H vs. tank diameter T of such apparatus is enhanced; a ratio
of 2.5 or higher is common and values of four are expected in the
future. Predictive models for stirred vessels with areactor height vs.
diameter ratio of 1.0 are widely represented in the literature. The
understanding of dispersion processes in slim reactors is incom-
plete and differs compared to the standard system and therefore
extra difficulties are expected. Thus, the scale-up of a slim reactor
from pilot plant to industrial scale remains a process where much
empiricism, as well as expensive and time-consuming experimen-
tal programs, is usually required [3]. Only accurate predictions of
system behavior will change this situation.

During the production process of PVC, stirring serves two pur-
poses. Firstly, during the mixing of the organic phase of vinyl
chloride with the aqueous phase, stirring facilitates effective dis-
persion. In the second step, stirring provides a homogeneous energy
dissipation to control the agglomeration under polymerization and
the cooling of the exothermic reaction.

In this work the task of dispersing two immiscible liquids was
of major interest. In the experiments, the Sauter mean diameter
(d32=>" d?/ >~ d?) and the DSD were analyzed. To predict these
values the power numbers have been examined for various set-ups.
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Nomenclature

Nomenclature

a, b, ¢, G; numerical or prediction constants
d stirrer diameter, drop diameter [m]
ds; Sauter mean diameter [m]

dmax maximum drop diameter [m]

h bottom clearance, stirrer height [m]
H liquid level [m]

I baffle length [m]

n stirrer speed [rpm]

M moment [Nm]

N number of drops [#]

Ne power number

P power [W]

Re Reynolds number

t time [s]

T tank diameter [m]

w2 fluctuation velocity [m/s]

We Weber number

Greek letters

interfacial tension [mN/m]
P/V—energy dissipation rate [W/m?3]
P/M—energy dissipation rate [m?3/s2]
dynamic viscosity [kg/(ms)]
Kolmogoroff scale [m]

kinematic viscosity [m?2/s]

density [kg/m?3]

standard deviation

dispersed phase fraction

€ QD =T >3 ® o

The DSD were then simulated using empirical equations and the
Population Balance Equation (PBE). The purpose of this work is to
systematically compare experimental DSDs and Sauter diameters
with predicted values for different set-ups of slim reactors.

2. State of the art: drop size prediction

2.1. Empirical and half empirical equations

In literature a great number of equations for drop size predic-
tion are available. Most of them are based on the descriptions of
Shinnar [1]. He explains that drop breakage is caused by micro-
turbulences and that the emerging drops are about the same size
as the micro-turbulence eddies [1]. These micro-turbulences were
first described by Kolmogoroff [4] and are characterized by the
micro scale A (Kolmogoroff-Scale) which depends on the kinematic
viscosity v and the average energy dissipation rate ¢:

3 1/4
()

This equation is based on estimations of the Sauter mean diam-
eter d3, [4]. A key figure is the Weber number We which puts
deforming forces in the agitated system in relation to the stabilizing
interfacial energy:

_ pn?d?
4

When the Weber number reaches a critical value, drop breakage
occurs. With the average fluctuation velocity w' and the con-
tinuous phase density p, the critical Weber number is reached
when interfacial tension y equals the external deforming forces
oW2dmax. Under the assumption of constant energy input in the

We (2)

whole vessel and homogenous isotropic turbulences, the size of
these micro-turbulences dmax can be calculated depending on the
stirrer diameter d and We:

-3/5
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Because of the linear dependency between dmax and ds; [5], the
equation for the Sauter mean diameter is presented in literature as
the following:

d

% = C;C;We 06 (4)
The value of the constant C; depends on vessel geometry and

the stirrer type, and has to be evaluated experimentally. In the lit-

erature the values for C, are between 0.38 and 0.7 [6]. Depending

on the system, C, can be altered according to the following factor:
G = CG4(1+G39), (5)

with C4 as a constant for the type of stirrer and Cs reflecting the coa-
lescence characteristic of the medium. The summarized equation
also includes the volume phase fraction ¢:

d32

T = Ca(1+ Gp)we 00 (6)

Literature shows values for C3 from 3 to 20 [7]. This equation
assumes a linear correlation between ¢ and ds; that could not be
confirmed by the experimental studies of Kraume et al. [8] and
Angle et al. [9,10].

Furthermore, the validity of C3 is questioned because of its inter-
connection with the drop size.

Eq. (3) with We=06 is also commonly expressed as a function
of the specific power input with ¢=%4. The Weber number is not
affected by changes in the filling level and thus cannot effectively
predict changes in the corresponding power input. Variations are
introduced into the constant C; and need to be known. Therefore,
the discussions about drop sizes in this study concerning the energy
dissipation rate are always based on C;¢-%4 and not on C;We =06,

A broad and detailed overview of existing empirical and half
empirical equations for the prediction of the Sauter mean diameter
is given by Zerfa and Brooks [6] as well as by Angle and Hamza [10].

2.2. Population balance equations (PBE)

All presented drop size prediction equations assume an ideally
mixed tank meaning the dependency on space is neglected. Such
a simplification is too restrictive as the flow field, which highly
influences drop breakage, coalescence, and the therefore the drop
sizes, is usually very inhomogeneous throughout the stirred tank
[11,12]. However, a detailed simulation using Computational Fluid
Dynamics (CFD), which includes the coupled phenomena of the
interactions of turbulent eddies in the flow field and the drops,
requires great computational power and thus is very time con-
suming. A reliable compromise between detailed modeling and
savings in computational time is offered by the compartment model
approach. Various studies have shown promising improvements
using a compartment model when compared to calculations using
an average energy dissipation rate [13-16].

In this work the vessel is separated into two well-mixed
regimes; one standing for the impeller region and the other for the
remaining reactor volume. The size of these flow compartments is
based on CFD simulations which were carried out using the soft-
ware STAR-CCM+®. Furthermore, the unknown parameters such
as the ratio of compartment volumes, energy dissipation rates and
their exchange flow rates are computed. Those parameters are then
implemented into a two-compartment model which calculates the
drop size distributions for each regime based on the population



794 S. Maapg et al. / Chemical Engineering Journal 162 (2010) 792-801

balance equation. Population balances have been extensively used
in literature for the mathematical description of liquid/liquid pro-
cesses in chemical engineering. In the PBE, the dispersed phase is
expressed as a family of drops in which each individual is con-
tinuously created or destroyed, described by drop breakage or
coalescence. For a batch reactor used in suspension polymerization,
the convective terms are normally zero. The introduction of the
two-compartment modeling now leads to transport terms between
the two-zones within the batch vessel. The resulting equation can
be described as follows:
ON(dp)

Vzone,i ot = _Dbreakage + Bbreakage - Dcoalescence + Bcoalescence

+VinN(dp) - VoutN(dp) (7)

The final two terms represent a change in the number of par-
ticles with different diameters d, occurring over time. For the
two birth terms (Bpreakage» Bcoalescence) and the two death terms
(Dbreakages Dcoalescence) Many modeling approaches can be found
within existing literature [see e.g. [17-21]].

2.3. Coalescence modeling

For modeling coalescence the frequently quoted model from
Coulaloglou and Tavlarides [22] is employed for both breakage and
coalescence kernels. The coalescence rate F(d}, dj) is assumed to
be a two step process involving drop collision and film drainage
of the continuous fluid. Thus it can be expressed as the product
of the collision frequency h(dp,, dj) and the coalescence efficiency
A(dp, di). The collision frequency from Coulaloglou and Tavlarides
[22] has found broad acceptance in the scientific community and is
formulated as shown in Eq. (8).

1/3 1/2

hldy ) = 1 con o + dp (@3 + 'y (8)

Liao and Lucas [21] give a broad and updated overview of
research in the field of coalescence efficiencies. They differenti-
ate between three model approaches which have been used for
the calculation of coalescence efficiency: the energy model, criti-
cal approach velocity model and film drainage model. Although the
validity of the film drainage model has been criticized, it remains
the most popular approach and forms the starting point of almost
all subsequent models, including that developed by Coulaloglou
and Tavlarides [22], given in Eq. (9).

7’ ,0 e d/ d// 4
)‘(d, ) dg) = exp _CZ,coal. S 3 < 7 P p//) (9)
Y2(1+¢q)’ \dp +p

Their entire coalescence rate F(dy,, dfj) gives low values for the
contact of two small or two large drops and high values for the
contact of a small and a large drop. The influence of surfactants
in this coalescence model is only expressed by the surface ten-
sion y within the coalescence efficiency (see Eqgs. (8) and (9)). This
overlooks the fact that contaminants such as surfactants are mod-
ifying the drop surfaces and hence reducing the film drainage.
Moreover, the concept of a concentration threshold above which
coalescence is drastically reduced is already well established in
empirical models and remains central when modeling the effect of
DSDs in liquid-liquid systems [23]. Although the number of pub-
lished models is extremely high, no approach for the PBE of the
drainage model takes this interrelation into account.

2.4. Breakage modeling

The number of models published about the breakage process
is even higher than those regarding coalescence. The most signifi-

cant have been recently analyzed by Liao and Lucas [19]. In many
cases the different authors assume that drop breakage occurs due to
drop-eddy collisions. The most widely used and quoted model for
the drop breakage rate is the approach of Coulaloglou and Tavlar-
ides [22] given in Eq. (10).

gl/3 1+ ¢q)°
W exp <—52,break.y((pd) (10)
p

&(dp) = 1 break.
P rea 1+ 0q) ,082/3(13/3

This breakage rate has a maximum for a certain critical parti-
cle diameter. This has been generally criticized by Baptat et al. [24].
The intention of Coulaloglou and Tavlarides [22] is to use the break-
age time in order to determine the breakage rate. The mentioned
maximum with increasing mother drop diameter occurs because
the duration of breakage increases with rising diameter. Therefore,
once the diameter has reached a certain size the breakage rate is
affected by the breakage time and decreases. In combination with
the breakage rate, the number of daughter drops v and the daugh-
ter drop size distribution B(dp ) have to be formulated. Experimental
results have shown that the most probable event for the number
of daughter drops is a binary breakage event [25,26], and therefore
v was set to a value of two. Further assumptions are made about
the binary coalescence, which remains common, and the Gaussian
daughter drop size distribution [22].

The commercial software PARSIVAL® (Particle Size Evaluation)
was used as the population balance solver [27]. This is a powerful
tool which uses an adaptive Galerkin h-p method for the discretiza-
tion of time and drop size. Our own experimental data were used
for the parameter estimation of the numerical parameters in the
PBE. The confidence interval of the fitted parameters needed to be
small compared to the value of the parameter, and had to remain
independent from one another.

In liquid/liquid dispersions the final DSD is dependent on the
equilibrium between drop breakage and coalescence rates. Thus,
for the same operating conditions, the final DSD should be inde-
pendent of the initial DSD used in any PBE-solver. Therefore, a
sensitivity analysis with PARSIVAL® was carried out using Gaussian
and log-Gaussian distributions with varying Sauter mean diameters
from 3 x 102 to 5 x 104 wm. After 1 min of real time, no dependency
on the initial distribution could be found, i.e. the DSD converged
all to the same final state. The calculation time for the first minute
increased with the Sauter mean diameter, especially for the param-
eter optimization. A Gaussian distribution with a d3, of 870 pm was
used for all simulations.

3. Material and methods

In order to investigate the influence of different geometry and
process parameters on the drop size distribution in liquid/liquid
systems, various experiments were carried out.

3.1. Experimental set-up

A model system (n-butyl chloride from Merck with deionized
water) was used at a dispersed phase fraction of 45 or 25% in water
at atmospheric pressure and a constant temperature of 20°C. Coa-
lescence was reduced by a poly vinyl alcohol (PVA) provided by
Vinnolit GmbH & Co. KG. PVA was mainly used at a concentra-
tion of 1000 ppm (mass PVA/mass n-butyl chloride). This decreased
the interfacial tension between water and n-butyl chloride from
37.1 mN/m [28] to 5 mN/m. The stirrer speed was varied from 250 to
700 rpm for different reactor heights and baffle immersion depths
(Ig). Furthermore, different stirrer and baffle types were investi-
gated. The tank diameter T was 155 mm and the bottom clearance
h of the stirrer was kept constant at 0.15T for the retreat curve
impellers (RCI) and h=1.1T for the used blade impeller (see also
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Fig. 1. Experimental set-up and dimensions of the used stirred tank.

Fig.1and Table 2). The volume of the system for the most frequently
used application (H/T=2.15) is around six liters. An overview of the
measurement program for the analysis of the drop sizes is given in
Table 1.

3.2. Measurement procedure

The measurements of the power number were carried out in
the same vessel as a single phase system using pure deionized
water. Here the stirrers were attached to a viscometer to measure
the torque and rotational frequency. Using these two figures, the
agitation power P and the power number Ne can be calculated:

2nM P

€= on2d5 ~ pn3d>d (1)

These analyses were carried out at different rotational speeds.
By increasing stirrer Reynolds number (Re=pnd?[n), the power
number decreases and then becomes constant in the turbulent
area of a stirrer Reynolds’ number >10% [29]. Measurements for all
parameter configurations were carried out five times with an aver-
age standard deviation of less than 1%. For the analysis of the drop
sizes a special in situ endoscope technique was used [30]. Using this
technique, drop size distributions for all phase fractions, even under
transient conditions, can be determined with high time resolution.
The drop size distribution was found independent of local position
due to the high volume streams within the vessel, as opposed to
gas/liquid systems analyzed by Laakkonen et al. [31]. The high vol-
ume streams ensure the same drop size distribution at every place
in the vessel. This has already been proven by Ritter and Kraume
[32] for strong coalescing systems but only at a H/T ratio of 1.0 [32].

Fig. 2. Turbulent power number for different H/T ratios for two different retreat
curve impellers.

4. Results and discussions

It has long been recognized that some of the important factors
which influence the DSD in a suspension polymerization are geom-
etry of the vessel, size of the vessel, type of stirrer, presence of
baffles, and the amount of energy supplied to the system by the
impeller. While all these parameters are underrepresented within
popular models, it is the major interest of this work to focus exper-
imental and numerical investigations on these parameters.

4.1. Power number

It is necessary to know the exact power consumption of a given
system set-up in order to predict the DSD and the Sauter mean
diameter using PBE or empirical correlations. The power consump-
tion of the two RCIs was determined at various liquid levels. Both
had a diameter d of 0.4T, and the height of the stirrers hs; was varied
between hs:/d=0.12 and 0.24. For the flatter stirrer of the two, the
influence of the baffle length (Iz) and baffle type (cylindrical and
blade) was also investigated at a fixed H/T ratio of 2.15.

Fig. 2 shows the development of the turbulent power numbers
at different H/T ratios; which remains constant for Re >10%. For
both stirrers, the power number increases with rising H/T. This
means more power is consumed at larger filling levels when set
at a constant stirrer speed and reactor diameter. The increase in
power consumption is not proportional to the rise in the reactor
volume. A doubling in mass leads to an increase of only 13% in
power consumption. The increase is stronger in lower rather than
higher liquid levels. This means that at a certain distance from the
impeller to the liquid surface, the power uptake does not increase
any further, even if the liquid level is increased. These results are in
agreement with those of Nocentini et al. [33] who found almost no
effect of liquid height on the power number for a multiple impeller
system with four stirrers.

Interestingly, the doubling of the stirrer height does not lead to
adoubling in the power number. It increases only by a factor of 1.72

Table 1

Overview of the measurement program analyzing the liquid/liquid system.
H|T Ve [L] Stirrer type n [rpm] Is/H cpva [mg/g] Pdisp
1.00 2.711 RCI (hs¢/d=0.12; 0.24) 400, 250 0.55 1 045
1.40 4.026 Blade impeller (hs/d=0.06) 410 1.00 0.1 0.25
1.50 4.185 RCI (hs¢/d=0.12) 400, 550 0.55 1 0.45
2.00 5.650 RCI (hs¢/d=0.12) 400, 600 0.55 1 0.45
2.15 6.015 RCI (hst/d=0.12; 0.24) 400, 250, 325, 700 0.10-0.80 1 0.45
2.30 6.496 RCI (hs¢/d=0.12) 400 0.55 1 0.45
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Fig. 3. Turbulent power numbers for two kinds of baffles over different heights of
immersion of the baffles measured with a retreat curve impeller (hs;/d=0.12).

for the H/T ratio of 1.0 and by a factor of 1.88 for the H/T ratio of 2.3.

The influence of the baffle length has been seldom discussed
in the literature. Karcz and Major [34] have presented the influ-
ence of baffle length within the following systems; standard radial
impellers, Rushton and Smith turbine, standard axial impeller,
pitched blade turbine and propeller. They have investigated a vessel
with four planar baffles and H/T ratio of 1.0 [34]. These investi-
gations revealed a strong relationship between baffle length and
power consumption. This has interesting implications for suspen-
sion polymerization processes in terms of potential energy savings.
No results of the influence of baffle immersion height on power
consumption in slim reactors have been found in the existing liter-
ature. For that reason, different aspects of the baffling effect have
been investigated in detail. All measurements have been carried
out five times with an average standard deviation of less than 1%.
Additionally, the absolute values of the turbulent power numbers
for the large baffle lengths are in good agreement with those of Li et
al. [35], who determined turbulent power numbers experimentally
and with CFD calculations in the range of 1.0 for a vessel with one
baffle (Ig =H).

Vessels for industrial applications are often equipped with cylin-
drical baffles in order to simplify cleaning. These have a slightly
different influence on the flow field than the “standard” planar
blade baffles. In Fig. 3, the power numbers for both kinds of baf-
fles are compared for different immersion depths. Less tearing
edges of the cylindrical baffles obviously consume less power than
the blade baffles. Both series of experimentally obtained values
show the same pattern. Starting with no baffles and increasing the
immersion depth to 25% of the liquid level in the vessel, the power
consumption is increased by 53% for the cylindrical and even 63%
for the blade baffles. Towards higher immersion depths, the slope
of both curves decreases and reaches its minimum between baffle
lengths of 40 and 55%. Between these two points, the power num-
ber grows from 0.85 to 0.89 for the blade baffles and from 0.79 to
0.85 for the cylindrical baffles. Towards higher immersion depths,
the increase of Ne over baffle length again leads to a stronger grow-
ing power consumption. Such results with sigmoidal behavior have
been reported in literature for single Rushton turbines [34] as well
as dual Rushton turbines [36]. The results of this study have been
approximated for both types of baffles with a cubic equation:

Ig\> Ig\2 Ig
Neturbxa<ﬁ) +b(ﬁ> +C<E) +d (12)
The values for the parameters of this polynomial are given in

the table of Fig. 3. Based on Eq. (11), it is possible to calculate the
energy dissipation rate for a certain geometrical set-up, which is of

Fig.4. Transient development of the cumulative number distribution for a constant
stirrer speed of 410 rpm using a blade stirrer and cylindrical baffles and comparison
of the 60 min distribution resulting for constant system parameters with cylindrical
and blade baffles.

major importance for the prediction of DSD and the Sauter mean
diameter with the PBE or empirical correlations.

4.2. Drop sizes

The transient evolution of the drop sizes for different impeller
speeds, geometrical set-ups and stirrer types have been inves-
tigated at certain points in time (1, 3, 5, 10, 15, 25, 40 and
60 min). The DSD were determined experimentally and the Sauter
mean diameters were calculated from the measured distributions
(ds2 =) d?/>" d?). These data sets give a broad base for evalu-
ating the different models from the literature. The sensitivity of
single numerical parameters within certain drop size prediction
approaches can also be determined.

The first results show a difference in the DSD for cylindrical
and blade baffles. They have been obtained with a single blade
impeller at a constant stirrer speed of 410 rpm and a liquid level
of 1.4T (Fig. 4). As expected, the drops become smaller the longer
the duration of stirring. It is worth emphasizing that a differentia-
tion between the 5, 10, 40 and 60 min distribution can only be done
with the comparison of the resulting ds,. The size change within the
first 5min is the strongest. These values are included within the
table in Fig. 4. The transient drop sizes have been recorded with
the same parameter set but using blade baffles instead of cylindri-
cal ones. For an easier comparison, only the Sauter mean diameter
and the cumulative number distribution for the blade baffles after
60 min are given (see also Fig. 3—influence of the baffle type on the
power number). The blade baffles with higher values for Ne in the
turbulent regime lead to smaller drops. The resulting difference in
Sauter mean diameter almost reaches 20%. This strong influence of
the energy dissipation rate on the drop sizes was not expected.

Many investigations have been carried out, using a retreat curve
impeller, because it is the traditional impeller in PVC production
processes and is still used in numerous industrial applications in
that field. Therefore, a focus on this specific impeller was set in
the following investigations. The given geometrical dimensions in
Table 2 reflect those traditional standards and have been the set-
tings for all following experiments of this series.

Table 2
Dimensions of the used stirred tank.
T H lB SB h d
155 mm 23T 0.1-1.0H 0.08T 0.15T 0.55T
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Fig. 5. Transient Sauter mean diameter ds, with a RCI (hs¢/d =0.24) and simulation
results with optimized numerical parameters for a one- and a two-zone model.

As already mentioned, a parameter fitting is necessary for
the precise drop size prediction. Even the use of the energy law
(d3y ~ &794) after Shinnar [1] needs a single parameter adaptation.
One specific system set-up was used to determine all necessary
parameters. The details of this set-up are given in Fig. 5. The used
PBE model for the transient simulations was the one presented by
Coulaloglou and Tavlarides [22]. As mentioned previously, a large
number of different PBE models with the purpose of predicting
drop size have been presented. For the same experimental set-up,
different approaches can be applied because most of them show
good agreement between prediction and experimental data [37].
The model approach by Coulaloglou and Tavlarides [22] has been
selected because of its unique simplicity that made it a standard in
population balance modeling.

As the prediction quality of a PBE model improves, the transient
behavior represented in the model becomes better. This is espe-
cially true of the breakage parameters, which need to be identified
with great care. Therefore, one single experiment was carried out
during 12 h. The experimental results for the Sauter mean diameter
at different points in time are given in Fig. 5. The four parameters
(C1.break.» C2,break.» C1,coal.» C2,coal.) Nave been estimated for the one-
and the two-zone model approach. The simulation results and the
final parameters are also given in Fig. 5. It is interesting to see that
d3; of the coalescence hindered system still decreases after 720 min
of uninterrupted stirring. It may be noticed that the change in the
first 5 min is 1.5 times larger than its decrease during the remaining
duration of 715 min. Because the average production process takes
place within 60 min, all following experiments were reduced to this
value. The parameter identification for the energy law was carried
out based on the experimental d3, after 60 min of stirring. With
the assumptions of a pure linear relation between ds; and dmax [5]
and no further influence of other variables, the constant was deter-
mined to the value of 8.72. This result is in good agreement with
the results from literature already cited in this study. All following
experimental results (variation of H/T; stirrer speed and Ig/H) can
now be compared with the drop size prediction based on the filled
parameters summarized in Table 3.

These first results give a clear direction for the following investi-
gations. Small changes in the geometrical parameters like the baffle

Fig. 6. Transient Sauter mean diameter ds; with the standard RCI (hs;/d=0.12) and
the resulting standard deviations of the different ds,(H/T) at specific points in time
are shown.

type have a major influence on the DSD. They can be identified
easily by comparison of the transient Sauter mean diameters.

The prediction of this behavior needed precise parameter fitting
for all approaches. Therefore, they have been defined in a long time
experiment to minimize errors. Their values are given in Table 3.
They were kept constant for all following simulations using the one-
or the two-zone model.

4.3. Influence of liquid level/vessel diameter ratio on drop sizes

The standard liquid level in academic studies is equal to the
vessel diameter, which is very rare in industrial applications. The
number of industrial applications with filling levels of more than
twice the vessel diameter is growing extensively. Therefore, the
influence of the H/T ratio on the drop sizes was investigated. The
resulting transient Sauter mean diameters are presented in Fig. 6.

Interestingly, the drop sizes over time are nearly independent
from the H/T ratio. Only during the first minute, the larger reactor
volumes of H/T=2.0; 2.15 and 2.3 show higher values of d3,. This
is also illustrated by the resulting standard deviation (o) of those
Sauter mean diameters which is presented on the second ordinate
inFig. 6. The average diameters from the five different H/Tratios are
calculated together with the resulting standard deviation. The value
of the standard deviation after the first minute is four times larger
than the average value of all other standard deviations for the rest of
the experiment. This reflects a strong deviation in the beginning of
the mixing process which disappears within less than 10 min. After
60 min of stirring, no significant difference between all five set-ups
could be found which implies an independency of d3; on the reactor
volume for a constant stirrer speed and hence a dependency of ds3,
on the stirrer tip speed (wrj, = 27rnd) rather than on ¢.

The dependency of the Sauter mean diameter on the energy dis-
sipation rate after 60 min of stirring is shown in Fig. 7. In this plot,
the results for different H/T ratios are supplemented with those for
different stirrer speeds and heights (hs;). The filled diamonds are
the results of ds3, for different H/T ratios at a constant stirrer speed
of 400 rpm. All set-ups show a ds3, around 100 pm. These values are
in agreement with the experimental results of Zerfa and Brooks [6].

Table 3

Parameter overview.
Model approach G C1 break. C2 break. C1 coal. C2.coal.
d33[dmax =Gy g 8.72 - - _ _
PBE with one-zone model - 3.411x1073 7.558 x 102 2914 x 107! 3.583 x 107
PBE with two-zone model - 1.397 x 102 3.326x 107! 2914 x 10! 3.583 x 107
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Fig. 7. Dependency of the Sauter mean diameter ds; on the specific energy dissipa-
tion rate ¢ for various system characteristics, always after 60 min of mixing.

Compared with the results for the power number in Fig. 2, dou-
bling the vessel content leads to an increase in power consumption
by only 15%. This can also be interpreted as a decrease in spe-
cific energy dissipation rate for obtaining the same. With 13% more
energy (see Fig. 2 for the increase of Ne over H/T) the product vol-
ume can be increased by a factor of 2.3 (by increasing the H/T ratio
up to 2.3). This behavior could not be predicted with the propor-
tionality between d3; and €. The influence of the stirrer speed for the
different set-ups, represented by the open squares, is much more
significant for ¢ than the influence of the reactor volume (see Eq.
(11)). The general dependency of the Sauter mean diameter from
the stirrer speed is still reflected in a good accuracy using d3, ~ =04
after Shinnar [1].

The dependency on wrj, is also disproved by the use of
similar-shaped RCIs with different impeller heights. A Sauter
mean diameter of around 100 wm is produced with standard RCI
(hs¢=0.12) at H/T=2.15. The doubling of the stirrer height is not
affecting the tip speed of the stirrer for a constant n (400 rpm)
but the Sauter mean diameter is nearly 80 wm (black cross in
Fig. 7). This means for constant wrj, the increase of the stir-
rer height leads to a decrease in drop sizes. This observation of
increasing impeller power number with increasing impeller height
is expected [38], and is also shown in Fig. 2. The power num-
ber increases from 0.89 to 1.67, correlated with the energy law
(d3y ~&794) - (1.67/0.89)-04=0.77. The experimental results are
in good agreement with the theoretical correlation. Naseef et al.
[38] reported about a proportionality between d3; and hs;. They
found a potential proportionality with exponents between —0.24
and —0.5 depending on the stirrer speed; lower speeds led to lower
exponents in their studies. The exponent identified in this study is
—0.32. Similar results have been achieved by Sechremeli et al. [39],
who compared a disk and a blade impeller at the same tip speed
but with the same impeller height at H/T=1.0 and low dispersed
phase fractions (¢ <0.1).

The predictive capabilities of the one- and the two-zone model
are demonstrated by a direct comparison of experimental and sim-
ulation results for different H/T ratios in Figs. 8 and 9. Both model
approaches are using the same physical and geometrical parame-
ters. The numerical constants are the presented ones in Fig. 5 and
were kept constant for all simulations throughout the whole study.
The calculation time for 60 min process time, using a single stan-
dard CPU, was 15 min for the one-zone model and 25 min for the
two-zone model.

Because of the independency of the d3, on the liquid level for
a constant stirrer speed, the experimental results for the different
H|Tratios are presented as the average Sauter mean diameter with

Fig. 8. Simulation results of the transient Sauter mean diameter with the standard
RCI (hst/d = 0.12) for various H|T. The results were achieved with a one-zone model
and are compared with averaged experimental values shown in Fig. 6.

the standard deviation at certain point in time. In Fig. 8 the direct
comparison with the simulation results of the one-zone model are
given. Only one curve (H/T=1.50) fits the experimental results. The
drop sizes for H/T=1.00 are much smaller than the experimental
results, according to the higher energy dissipation rate P/V for a
smaller volume. The behavior for the larger H/T ratios is opposite to
this. It is not possible to predict the system behavior precisely using
the PBE with the one-zone model. A completely different situation
for the simulation results is achieved with the two-zone modeling.
Fig. 9 shows this clearly, especially after 10 min of mixing, all sim-
ulations for all H/T ratios result in almost the same Sauter mean
diameters. This reflects the experimental data very well.

To evaluate the quality of d3, prediction using the PBE with the
two-zone model, not only the stirrer (RCI with hs;=0.12 and 0.24)
and the geometrical set-up was changed (H/T) but also the stirrer
speed was varied from 250 to 700 rpm. The results are given in
Fig. 10. For a better judgment of the deviation between experimen-
tal and simulation results in the beginning of the mixing process,
the data are presented in a semi-logarithmic diagram. Fortunately
the simulations are also predicting the transient Sauter mean diam-
eter behavior for different stirrer speeds very well, except the
results for 250 rpm. Here the experimental values are much smaller
than the simulation results. It has to be mentioned that 250 rpm is
lower than the minimum stirrer speed, which is necessary for a

Fig. 9. Simulation results of the transient Sauter mean diameter with the standard
RCI (hst/d = 0.12) for various H/T. The results were achieved with a two-zone model
and are compared with averaged experimental values shown in Fig. 6.
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Fig. 10. Simulation results of the transient Sauter mean diameter with the standard
RCI (hs¢/d=0.12) at H/T=2.15 for various stirrer speeds. The results were achieved
with a two-zone model and are compared with experimental values.

full mixed dispersion. Even after 60 min of stirring almost 20% of
the organic phase still needed to be dispersed. That leads to two
important influence factors. Firstly, the concentration of the PVA
for the rest of the n-butyl chloride is 20% higher. That leads to
smaller drops in the mixed part of the reactor. Secondly, the dis-
persed phase fraction in the mixed part is not 45 but 40%, causing
smaller droplets in the measurement zone. Both influence parame-
ters, the higher colloid concentration and the lower dispersed phase
fraction, have been mentioned by Zerfa and Brooks [6] as crucial
parameters which decrease the drop size. This behavior could not
be predicted using the PBE, because minimum stirrer speed is a
pre-condition in this modeling approach.

All three introduced drop prediction approaches are compared
in Fig. 11. This is a parity plot for the Sauter mean diameters after
60 min of mixing. Both RCIs (hs; =0.12 and 0.24), all different H/T
ratios (1.0-2.3) and all stirrer speeds larger than the minimum
necessary are presented. The deviations of +£10 and 30% are also
plotted. This illustration makes it obvious, that the PBE using the
two-zone model approach is highly precise and better than the
other prediction methods. Nearly all predicted Sauter mean diam-
eters have deviations smaller than 10%. The PBE with the energy
averaged one-zone model reaches deviations smaller than 20% and
the widely used simplification of the energy law (ds; ~8;\9éfage )leads
to deviations larger than 30%.

Fig. 11. Deviation of experimentally achieved d3, and three different drop size
prediction methods after 60 min mixing at different stirrer speeds, different H/T
(1.0-2.3) and with different retreat curve impellers (hs; =0.12 and 0.24).

Fig. 12. Deviation of experimentally achieved d3, and predicted mean diameters
with the two-zone PBE simulations at different stirrer speeds, H/T ratios (1.0-2.3)
and with different retreat curve impellers (hs; =0.12 and 0.24).

A more detailed look on the accuracy of the prediction of ds;
using the PBE with the two-zone model is made in Fig. 12. All tran-
sient Sauter mean diameters for all varied parameters (H/T, n and
different hg;) are compared with the predicted values. The open
diamonds represent the values of the transient Sauter mean diam-
eter for 5 min or less minutes of mixing, the filled dots present the
Sauter mean diameters after more than 5 min of mixing. All larger
deviations occur only within the first 5 min.

The population balance equation regarding the inhomogeneity
of stirred tanks using the two-zone model approach predicts Sauter
mean diameters for a broad variation of system parameters after
one careful parameter fitting. It is possible to simulate the change of
the stirrer height, liquid level, and stirrer speed with the two-zone
model approach.

4.4. Baffling effect on drop sizes

The last investigated parameter influencing the drop size in this
study is the immersion depth of the two baffles. Nine different
depths of blade baffles have been investigated for a constant stir-
rer speed (400 rpm) and H/T ratio (2.15) over 60 min of mixing. The
transient Sauter mean diameters are given over the baffle length vs.
liquid level ratio in Fig. 13. The d3, results are clearly divided into

Fig. 13. Influence of the baffle length on the transient Sauter mean diameter ds;
for constant stirrer speed (400rpm) and constant H/T=2.15 compared with the
corresponding specific power input.
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Fig. 14. Comparison of experimental and simulation results of transient ds, for var-
ious baffles immersion depths at a constant stirrer speed (400 rpm) and H/T=2.15.

two different regimes—under and above a certain height of immer-
sion. This differentiation is obvious for all four presented terms.

The value after 1min is around 300 um for the lower and
200 pm for the larger immersion depths. The same differences can
be found for the results at the time point after 3 min (230-150 pm),
after 40 min (180-100 wm) and also after 60 min (180-100 wm) of
stirring. The fluctuation of the measured values is higher in the
beginning of the process due to the sensitivity of the ds; to single
large drops, which occur in the first 3 min. They achieve a stan-
dard deviation over all immersion depths between 4 and 7%. For
longer operating time (>5min), standard deviations between 1
and 4% have been achieved. Therefore, it is much more accurate
to discuss the 40 or 60 min results which show the leap between
Ig/H=0.415 and Ig/H=0.435. Lower [g/H ratios than 0.415 led to
d32(60min) of around 180 wm and higher Ig/H ratios than 0.435
led to d3,(60 min) of around 100 pm. This behavior was really sur-
prising to the authors. Therefore the specific power input has been
introduced via the second ordinate of Fig. 13. The specific power
input follows the same behavior as the power numbers presented
in Fig. 3. Surprisingly both (¢ and Ne) show the lowest changes in
the region where the drop size leap (lg/H between 0.35 and 0.55)
occurs. A tentative prediction of this behavior using the PBE with
the two-zone model and two example images for both Ig/H-regions
are shown in Fig. 14.

The direct comparison of the experimental and the simulation
results show that the experimentally determined leap in the devel-
opment of d3, of Ig/H could not be reproduced with the population
balance equation. A slight change to smaller drops with smaller
immersion depths only reflects the change in the power number or
power input. The reason for this failure could be a poor reflection
of the flow field through the two-zone model. The CFD calculations
for the determination of the compartment volume ratio, ratio of
energy dissipation rates and their exchange flow rates have only
been carried out for ones of a constant Ig/H=0.55 ratio. It seems
to be necessary to analyze the influence of Iz on the flow field
experimentally and also with CFD simulations. This should help
to understand the dramatic change of d3; at an immersion depth of
the baffles around 0.43—we expect a dramatic change in the flow
pattern at this point.

5. Conclusion and outlook

To analyze the influence of physical parameters in slim reactors,
comparable experiments were carried out. Those results were used
to determine modeling approaches which are capable of display-
ing the influence of parameters like liquid level, stirrer speed, stirrer

height and baffle length. It was shown that the energy law using the
average energy dissipation rate predicts only roughly the Sauter
mean diameter. The PBE using a one-zone modeling approach is
only a little better in its prediction results. Very satisfying results
were achieved using the PBE with a two-zone model. The overall
deviations between calculated and predicted Sauter mean diame-
ters were less than 10%. Only the prediction of the influence of the
baffle length was unacceptable even with the PBE two-zone model.

The reason for this is the lack of knowledge about the influence
of this parameter on the flow field and the local energy dissipa-
tion rates. Such a change in the geometrical set-up is not covered
with a single flow field simulation, carried out in this study. There-
fore, intense flow field analysis will be carried out in the future.
A direct coupling between CFD and PBE would avoid such errors
but also increase the computational costs. A promising alternative
approach to avoid the high computational costs for the solution of
the coupled system could be to apply the direct quadrature method
of moments for the solution of the population balance equation
[40]. In conclusion, the prediction of drop sizes is of major interest
for many industrial applications. To increase the accuracy of such
calculations a detailed knowledge of the flow field is necessary. If
this knowledge is already available the PBE-zonal-model approach
is a very powerful tool to describe the transient drop sizes in stirred
liquid/liquid dispersions.

All investigations have been carried out in a stirred tank with a
maximum liquid level height to vessel diameter ratio of 2.3. Indus-
trial applications have already reached H/T ratios of 5.0. Obviously
single stage stirrers will not be able to disperse immiscible fluids
in such settings. Therefore analysis of multi-stage stirrers in slim
reactors with H/T ratios of 5.0 has to be carried out. Those results
will be presented in part two of this study.
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